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ABSTRACT
One dimensional heterogeneous adiabatic fixed-bed reactor with supported nickel
catalyst is used to model the autothermal reformer for synthesis gas production. The flow
rate of natural gas along the catalyst bed is considered to vary in the axial direction. The
modeling and simulation of autothermal reformers is complex and requires detailed
understanding of natural gas reactions kinetics. To investigate these kinetics, different
kinetics models such as De Groote and Froment model are employed and predictions of
the kinetics parameters such as activation energies, rate constants, and adsorption
constants are made. An industrial plant for production of synthesis gas from natural gas,
for methanol production is taken as acase study. Amaterial and energy balance is carried
out for prediction of the input flow rates, feed composition to the autothermal reactor, and
the partial pressures to the reactants. The pressure drop is calculated using Ergun
equation. For the developed model, the rate of coke formation is neglected since suitable
CH4/02 ratio of 1.7 in the feed and natural gas stream temperature ofhigher than 850OC
are assumed. The effect of catalyst volume, gas superficial velocity, and combustion
temperature on temperature profile of autothermal reformer, conversion and rate of
reactions are studied. It is found that, the bed temperature can be reduced by 200 C, and
each 1.5 m3 reduced of catalyst volume increased the bed temperature by 160 C. While
increment of gas superficial velocity of 1m/s decreased the bed temperature by 150 C.
As for the effect ofcombustion temperature, it is found that, the outlet temperature of the
reactor remains approximately constant in spite of the wide range of combustion
temperature used (11000C - 14000C). Conversion of methane and oxygen to carbon
monoxide and carbon dioxide are studied. It is noted that as the conversion of methane
and oxygen increased, the amount of CO and C02 also increased. It is found that, lower
mole fractions of CH4 and 02 and higher mole fractions of CO and C02 in the reactor
output can be achieved when ahigher combustion temperature is used.
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NOMENCULATURE
A Reactor cross-sectional area, (m ).
Ai Pre-exponential factor, reaction dependent
BA Flow rate of component A, (Nm3/h).
Cp Specific heat of fluid (kJ/kg K).
d Reactor diameter (m).
Dp Particle diameter (m).
E Activation energy (kJ/mol).
F Gas flow rate (Nm3/h).
G Superficial mass velocity (kg/h.m )
gc Conversion factor in Ergun equation, dimensionless.
h Catalyst bed height (m).
kx Reaction rate constant ofreaction i, reaction dependent
Ki Equilibrium constant of reaction i.
Kj Adsorption constant for component j.
P Total pressure (bar).
PA Partial pressure of component A (bar).
Q Mass flow rate (kg/h).
r, Reaction rateof total combustion (kmol/kgca t s).
Xlll
r2 Rate of the steam reforming reaction (kmol/kgca t s).
r3 Rate of CO 2 production by steam reforming (kmol/kgca t s).
r4 Rate of WGS reaction (kmol/kgca t s).
r5 Rate of Boudouard reaction (kmol/kgca t s).
r6 Rate of methane cracking (kmol/kgca t s).
n Rate of carbon gasification by steam (kmol/kgca t s).
rg Rate ofcarbon gasification by oxygen (kmol/kgca t s).
R Universal gas constant, (8.3145 J/mol K).
S Steam flow rate (Nm3/h).
T Temperature (K).
u Gas superficialvelocity (m/s).
Vc Catalyst volume (m3).
VT Total bed volume (m3).
Vv Volume of void in the catalyst bed (m ).
X| Molar fraction of component i.
X; Conversion of component i (%).
yi Molar fraction ofcomponent i in the reactor outlet.
z Axial position (m).
XIV
GREEK SYMPOLS
AHi Standard enthalpy of reaction i (kJ/mol).
p Gas density (kg/m3).
pc Catalyst density (kg/m3).
(J) Porosity, dimensionless.
AP Pressure drop (bar).
„ Effectiveness factor of reaction i, dimensionless.









Natural gas is a mixture of hydrocarbons, mainly methane as a dominant constituent
beside ethane, propane, butane, and C5+. Beside hydrocarbons natural gas usually
contains small or large amount of non-hydrocarbons gases such as carbon dioxide,
nitrogen, and hydrogen sulfide. Natural gas can be found with crude oil ('associated gas')
or in reservoirs in which no oil is present ('non-associated gas'). Table 1 and Table 2
show the composition of a wide variety of natural gases [1].
Natural gas can be classified as a 'Dry' or 'Wet' according to the amount ofcondensable
hydrocarbons (at ambient conditions) it contains. Associated gas usually is wet, whereas
the non-associated gas is dry. Natural gas that contains an amount of H2S and C02 is
called the sour gas, while the gas that does not contain H2S and C02 is called the sweet
gas.
Natural gas has a great importance, not only as a source of energy, but also as a raw
material for petrochemical industry. An increasing number of schemes are being
developed in order to utilize the natural gas. In recent years, natural gas has received
special attention as a main source of energy and chemicals, and due to this conditions,
natural gas has become the second most used source ofenergy after crude oil and before
coal which used to be the second source 40 years ago.
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Table 1.1 Composition of selected non-associated natura gases (volume %) (1992)[1"|.
Area Algeria France Holland New North Sea N. Mexico Texas Texas Canada
Zealand
Field Hasi-R'l Lacq Gron. Kapuni West Rio Terrell Cliffside Olds
Mel Sole Arriba
CH4 83.5 69.3 81.3 46.2 94.4 96.9 45.7 65.8 52.4
C2H6 7.0 3.1 2.9 5.2 3.1 1.3 0.2 3.8 0.4
C3H8 2.0 1.1 0.4 2.0 0.5 0.2 - 1.7 0.1
C4H10 0.8 0.6 0.1 0.6 0.2 0.1 - 0.8 0.2
c5+ 0.4 0.7 0.1 0.1 0.2 - - 0.5 0.4
N2 6.1 0.4 14.3 1.0 1.1 0.7 0.2 26.4 2.5
C02 0.2 9.6 0.9 44.9 0.5 0.8 53.9 - 8.2
H2S - 15.2 Trace - - - - - 35.8
Area Abu Dhabi Iran North Sea North Sea N. Mexico
Field
County
Zakum Agha Jari Forties Brent San Juan
CH4 76.0 66.0 44.5 82.0 77.3
C2H6 11.4 14.0 13.3 9.4 11.2
C3H8 5.4 10.5 20.8 4.7 5.8
C4H10 2.2 5.0 11.1 1.6 2.3
c5+ 1.3 2.0 8.4 0.7 1.2
N2 1.1 1.0 1.3 0.9 1.4
C02 2.3 1.5 0.6 0.7 0.8
H2S 0.3 - - - -
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Most of natural gas can be used for production of synthesis gas (a mixture of hydrogen
and carbon monoxide) as an intermediate step for production of many chemicals such as
methanol and ammonia or for energy such as fuel cells and hydrogen for hybrid engines
[1,2,4].
1.1.2 Alternative processes for production of synthesis gas
There are three main processes for production of synthesis gas, and the use of specific
process depends mainly on the use of downstream (specifications of produced synthesis
gas) and other economical issues such as the availability of feedstock, because synthesis
gas canbe produced from coal as well as natural gas.
These processes are:
1- Steam reforming of natural gas and light hydrocarbons that involves reactions of
hydrocarbons with steam in the presence of a catalyst.
2- Partial oxidation of hydrocarbons with steam and oxygen, which describes the
non-catalytic reaction of hydrocarbons with oxygen and steam. Sometimes this
process is called catalytic partial oxidation (CPO) if a catalyst is usable. A
combination of Steam reforming and partial oxidation is often referred to as
Autothermal reforming.
3- Partial oxidation of coal with steam and oxygen, but this is not very common for
the production of synthesis gas for chemical use according to the availability of
the raw material.
These three processes will be discussed further in the later chapters.
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1.2 Autothermal reactor operation
If a reaction requires a relatively high temperature before it precedes at a reasonable rate
the products of the reaction will leave the reactor at a high temperature and, in the
interests of economy, heat will normally be recovered from them. Since heat must be
supplied to the reactants to raise them to the reaction temperature, a common
arrangement is to use the hot products to heat the incoming feed.
If the reaction is sufficiently exothermic, enough heat will be produced in the reaction to
overcome any losses in the system and to provide the necessary temperature difference in
the heat exchanger. The term autothermal is used to describe such a system, which is
completely self-supporting in its thermal energy requirements.
The essential feature of an autothermal reactor system is the feedback of reaction heat to
raise the temperature and hence the reaction rate of the incoming reactant stream.
Autothermal reforming has become the most important method to produce synthesis gas
from natural gas due to the features of the final product that can be achieved through
autothermal reforming such as the final product composition and downstream pressure, in
other words, autothermal reforming process is more flexible in order to control the
composition of the produced synthesis gas by controlling the operating conditions such as
the combustion temperature, also this process gives high downstream pressure which is
required to reduce the cost of compression of synthesis gas for methanol synthesis
reactors.
1.3 Combination between autothermal reforming and steam reforming
Commercially, autothermal reforming is not a single process for production of synthesis
gas due to the high cost ofoperation (especially oxygen production), but it has been taken
as a refining step after the main process which is steam reforming.
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This combination between autothermal reforming and steam reforming is mainly used for
production of synthesis gas for methanol production because the amount of carbon
monoxide produced from steam reforming is too low for methanol production, so, it can
be raised by adding autothermal reforming.
1.4 The main units in synthesis gas production plants
Practically, production of synthesis gas for methanol production involves many steps
which can be shown as following:
1- Pretreatment of natural gas:
This step contains desulphurization unit to remove the sulfur content from natural
gas.
2- Steam reforming of natural gas:
This step is often taken into two steam reformers to convert methane to hydrogen
and carbon monoxide using steam at high pressure. Carbon dioxide can be
produced in this step as well.
3- Air separation:
This level is to produce oxygen with purity of 99.5% for combustion in the
autothermal reformer.
4- Autothermal reforming:
In this unit, additional reforming of remaining natural gas from steam reformers
takes place into autothermal reformers using steam and oxygen to produce
additional amount of carbon monoxide.
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Carbon dioxide is also produced in this step. If the amount of carbon dioxide can
not be neglected (from economical point of view), it can be recycled for
additional reforming called carbon dioxide reforming to produce more hydrogen
and carbon monoxide [1, 2, 3].
5- Heat recovery system:
Mainly, it comprises of heat exchanger built to utilize the hot gas from the
autothermal reformer to supply the heat input for the steam reformer. It also called
as gas - heated reformer. This would eliminate the expensive fired reformer.
Figure 1.1 shows the production of synthesis gas via autothermal reforming.
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Steamreformer outlet (CH4, H2,CO2, CO, Oj)




CH 4 + -02 -> CO + 2fl"2
Ctf 4 + ff20 <=> CO +3H2
CHA + 2HiOe>C02 + 4-H2




Synthesis gas (CO, H3 - (CO2+CH4 )Trace)
Figure 1.1. Synthesis gas production via autothermal reforming.
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1.5 Problem statement
Autothermal reforming process is an established process, research in this area is divided
into two main parts, the first part has taken natural gas reactions to study the kinetics of
reactions which include activation energies, rate constants, and adsorption constants, and
the second part has studied the effect of types of catalysts, compared between them, and
the features of each catalyst such as Rhodium, Palladium, platinum, and metal oxides on
process performance.
Nevertheless, practical problems still arise inplant operation such as determination of the
amount of the catalystvolume that can be reduced due to some commercial constrains to
control the specifications of the products and adjustment of temperature profile of
autothermal reformer. By choosing effective temperature control of the unit, a long
catalyst life and safer operating conditions due to high temperature and pressure can be
achieved.
Thus, this study focused on simulation of autothermal reforming of PETRONAS
Methanol Labuan Company (PML) as a case study by varying operating conditions such
as catalyst volume, combustion temperature, and gas superficial velocity. By study these
variables, better results of process performance can be achieved.
1.6 Objectives
1- To model the autothermal reformers by taking PETRONAS Methanol Labuan
Company as a case study.
2- To study the effect of varying process variables such as the catalyst volume and
combustion temperature on the temperature profile of the autothermal reformer as
well as conversion of reactants and yield.
3- To validate the developed model with autothermal reforming plant data.
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1.7 Scope of study
The scope of this work is to study the production of synthesis gas from natural gas via
autothermal reforming, to build a model derived from the kinetics of natural gas reactions
and the plants operating conditions and test the developed model by studying the effect of
process variable on the temperature profile and conversion using the most commonly
used catalyst on synthesis gas production plants which is supported Nickel catalyst.
The kinetics of natural gas reactions are referred from the previous work done in the area
ofsynthesis gas production. The developed kinetics model was achieved by comparing
many models according to the operating conditions and the type.of catalyst used to derive
the specific kinetics model.
Process data such as feed flow rates and operating pressure have been taken from
PETRONAS Methanol Labuan (PML), where production of methanol from synthesis gas
using autothermal reforming approached.
CHAPTER II
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2. LITERATURE REVIEW
2.1 Alternative routes for synthesis gas production
Production of synthesis gas "syngas" takes place in several steps. Firstly, a synthesis gas
feed stock (such as natural gas or coal) is pretreated by desulphurization to prepare it for
reforming, and then reforming takes place at high temperature (higher than 1075 C) in
the presence of a catalyst [1]. Here reforming can be defined as a thermodynamically
processing of synthesis gas feed stock in high temperature chemical reactors to produce a
synthesis gas which can be used for production of many chemicals [2].
Depending on the type of reformers, synthesis gas feed stock reacts with steamor oxygen
at high temperature (1000°C to 1200°C) and high pressure (15 to 30 bar) to produce a
synthesis gas of hydrogen andcarbon monoxide mainly withadditional amount of carbon
dioxide, methane, and steam. This produced synthesis gas is further processed according
to the required final product which canbe methanol, ammonia, and purehydrogen [1,2].
Industrially, there are three main routes to produce synthesis gas [1, 2] as discussed in the
following sections.
2.2 Steam methane reforming
The steam methane reforming involves a reaction of hydrocarbons with steam in the
presence of a catalyst, which is commonly supported nickel; this process is also known as
catalytic steam reforming [2].
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It is interesting that even though steam reforming reactions take place at high temperature
(higher thanlOOO K), a catalyst is still required to accelerate the reaction due to the high
stability of methane [1]. Catalytic steam reforming of methane is a well known and
commercially available process for synthesis gas production. In the United States, most
ofhydrogen today (over 90 %) is manufactured via steam reforming ofnatural gas [2].
The steam reforming reaction is represented bythe following reaction:
CH4+H20<^CO +3H2 (2.1)
AH (enthalpy of reaction) = 206 kJ/mol
This reaction is endothermic and requires heat input.
Mainly the reactor operated at pressure of5- 30 bar and temperature of970K to 1120K.
The external heat needed to derive the reaction is often provided by the combustion of a
fraction of the incoming natural gas feed stock (up to 25 %) and some times - specially
incase ofhydrogen production - the heat required comes from burning waste gases such
as purge gas from the hydrogen purification system.
2.3 Partial oxidation
This process is another commercially available method for deriving synthesis gas. It can
be defined as the non-catalytic reaction of hydrocarbons with oxygen and usually steam
(ifcatalyst is used, the process is referred to as catalytic partial oxidation CPO) [1].
Here methane (or some another hydrocarbon feed stocks such as oil) is oxidized to
produce carbon monoxide and hydrogen (synthesis gas) according to the following
reaction:
CH,+-02 -+CO +2H2 (2-2)
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AH (enthalpy of reaction) = -36 kJ/mol
The reaction is exothermic and no indirect heat exchanger is needed. Catalysts are not
required because of the high temperature. However, the synthesis gas yield per mole of
methane input (and the system efficiency) can be significantly enhanced by use of
catalysts [1].
The partial oxidation reaction is more compact than a steam reformer, where heat must
be added indirectly via a heat exchanger. The efficiency of the partial oxidation unit is
relatively high (70 - 80 %). However, partial oxidation systems are typically less energy
efficient than steam reforming because of the high temperature involved (which
exacerbates heat losses) and the problem of heat recovery [3].
Incase of hydrogen production, in steam methane reforming plants, heat can be recovered
from the flue gas to raise steam temperature for the reaction and the purge gas can be
used as a reformer burner fuel to help provide heat for the endothermic steam reforming
reaction. In partial oxidation reactor where the reaction is exothermic, the energy in the
purge gas can't be fully recovered.
Because they are more compact and don't require indirect heat exchange (as in steam
reforming), it has been suggested that partial oxidation systems could be lower cost than
steam reformers. Although the partial oxidation reactor is likely to be less expensive than
a steam reformer vessel, the downstream shift and purification stages are likely to be
more expensive [2].
2.4 Autothermal reforming
Autothermal reforming is a combination between steam reforming and partial oxidation,
in another way; it is a combination between exothermic and endothermic reactions.
Autothermal reformers combine some of the best features of steam reforming and partial
oxidation systems.
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In autothermal reformers a synthesis gas feed (methane in natural gas) is reacted with
both steam and oxygen to produce synthesis gas (oxygen here either to be pure oxygen or
air according to the usage of produced synthesis gas)
The main autothermal reforming reactions are:
CHA+H2OoCO + 3H2 (2.3)
AH (enthalpy of reaction) = 206 kJ/mol
CHt +202 -• C02 +2H20 (2.4)
AH (enthalpy of reaction) = -803 kJ/mol
CH,+-02 -*CO + 2H2 (2.5)
AH (enthalpy of reaction) = -36 kJ/mol
Autothermal reformers utilize all the heat generated by the partial oxidation reaction to
accelerate the steam reforming reaction. Thus, autothermal reformers typically offer
higher system efficiency than partial oxidation systems, where excess heat is not easily
recovered [2].
Autothermal reformers are refractory lined vessels. Therefore, higher pressures can be
applied than in steam reformers. Part ofthe feed is oxidized in the combustion zone (the
top ofthe reactor). In the lower part the remaining feed is catalytically reformed with the
produced carbon dioxide and steam. Figure 2.1 below shows the schematic features ofan
autothermal reformer [2, 4].
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Figure 2.1: Autothermal reformer used inPML.
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2.4.1 Autothermal reforming for hydrogen production
Various experimental and modeling studies have been conducted for autothermal
reforming process for hydrogen production. D. L. Hoang and et al [6, 7] have performed
experiments with different feedstock using sulfide nickel supported on a gamma alumina'
as a catalyst to investigate hydrogen production for fuel cells by autothermal reforming.
Their results show that the performance of the reformer is dependent on the molar air to
fuel ratio, the molar water to fuel ratio and the flow rate of the feedstock. They have
found that, a methane conversion of about 95 - 99 % and hydrogen yield of 39 - 41 % on
a dry basis can be achieved. And 1 mole of methane can produce 1.8 moles of hydrogen
at an equilibrium reactor temperature of not exceeding 850 C.
Generally, the results show that the conversion behavior of the reactor strongly depends
on the air to fuel ratio, water to fuel ratio and the inlet mixture flow rate. The optimum
values of these parameters are 3 - 3.5, 2 - 2.5, and 250 L/h respectively [6]. The same
trends on hydrogen production have been achieved by other researchers such as Cunping
Huang and Ali T-Raissi [8], P. J. Dauenhauer and et al [9], and Murata et al. [10].
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2.4.2 Temperature profiles in autothermal reforming process
James R. Lattner and Michael P. Harold [11] have constructed a bench-scale fixed-bed
reactor for the autothermal reforming of methanol under near-adiabatic conditions to
experimentally demonstrate the conversion of methanol to hydrogen over copper-based
catalysts. The temperature measured at discrete axial positions and the maximum
temperature achieved was 360°C. The results of temperature profiles under these
conditions show that the maximum temperature is the combustion temperature after the
inlet of the reactor, then, the temperature decreases along the axial position until the
outlet of the reactor where the minimum temperature recorded [11]. Same kinds of
temperature profiles were observed for alumina-supported noble metals catalysts [12, 13],
rhodium catalysts [14], and metal oxides catalysts [15].
Generally, the maximum temperature of autothermal reformers occurs directly after the
inlet of the reformer where the combustion of methane takes place, then; the temperature
starts to decrease along the axial position due to the endothermicity of the reactions
(steam reforming reactions) where the heat needed for these reactions will be supplied by
the heat generated from methane combustion. The temperature reaches the minimum
value at the outlet of the autothermal reformer [16, 17, 18, 19].
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2.5 Kinetic models:
In the modeling of all the reactions for synthesis gas production, it is necessary to choose
the proper values for the rate constants and all the parameters of the rate equations such
as rate constants and activation energies.
Kinetic equations for some of the reactions were proposed by Hickman and Schmidt [20],
built upon Pt and Rh catalysts. Also Trimm and Lam [21] have published a kinetic
equation for the complete combustion of methane to C02 and H20 over Pt/Al203 catalyst,
under the assumption that the rate determining step is the surface reaction between
adsorbed oxygen and oxygen from the gas phase [22]. This set of kinetic equations has
been used by De Groote and G. Froment [22].
Smet and et al [23] have taken the kinetics of methane combustion from Trimm and Lam
and since the kinetic model was derived using Pt catalyst, the corresponding adsorption
parameters were adjusted for Ni catalyst. Ni catalyst was assumed to be in the reduced
state, which implies that, the total combustion reaction and reforming reactions are in
parallel.
In order to investigate the influence of the reforming kinetics on their simulation results,
they have considered two intrinsic kinetic models:
(i) Reforming model proposed by means of Xu and G. Froment (1989).
(ii) Kinetic model derived by means of Numaguchi and Kikuchi (1988).
Xu and Froment reforming model was obtained using relatively low temperature
(773K<T<848K) and operating pressure between 3 and 15 bar. In this model, the Ni
content is 15.2 wt%, and the metal surface area is 4.1 m2/g [39, 42].
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For production of synthesis gas from natural gas, the exothermic total combustion may
leads for high catalyst temperatures, and incase of methanol production from synthesis
gas, high operating pressure will be required (25 - 30 bar).
The second model which is derived by means of Numaguchi and Kikuchi was derived at
high catalyst temperature (up to 1160 K), and high operating pressure (up to 25 bar). The
Ni content in this model is 8.7 wt %, and the metal surface area is 3.6 m /g.
According to the operating conditions (temperature and pressure), the second model
seems to be more suitable incase of methanol production, but the nickel content and the
metal surface area are higher in the first model so it should be taken into account as well.
The C-formation zones were based upon thermodynamic calculations. Wagner and
Froment [24] predicted the zones in which C-formation is possible through methane
cracking and through the Boudouard reaction by means of experimentally determined
'threshold constants'. To go beyond this and to predict the amounts of carbon that can be
formed on the catalyst requires kinetic equations. These were also derived by Wagner and
Froment [25] from experiments in a differentially operated electrobalance reactor [22, 37,
38].
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2.6 Reactor models:
De Groote and Froment [22] has simulated adiabatic fixed-bed reactors with a catalytic
combustion zone fed with methane / oxygen or methane air mixture based upon the
kinetics of total combustion, steam reforming, and water - gas shift reaction on a Ni
catalyst.
They have assumed that the steam reforming reactions and water - gas shift reaction are
in parallel or more or less consecutive to the total combustion and depending upon this
assumption, they have proposed a kinetics model and they have calculated the net rate of
coke formation in their simulation and also investigated the influence of carbon dioxide
in their study.
In their case, they proposed to keep the operating temperature as low as possible because
of the biofunctional combustion / steam reforming catalyst. In this case, there is
availability for carbon (coke) formation (carbon can be formed if the inlet temperature is
lower than 450°C), so, the kinetics of carbon formation reactions must be included and
this is why they have taken the carbon formation into their account.
For the simulation of the partial oxidation of methane to synthesis gas via Ni catalysts, a
one dimensional heterogeneous model was used. Since the reactor is adiabatic,
concentration and temperature gradients only occur in the axial position [22].
C. R. H. de Smet and et al [23] have designed adiabatic fixed - bed reactors for the
catalytic partial oxidation (CPO) of methane to synthesis gas for the production of
methanol and fuel - cells based on supported Ni catalysts.
In their simulation, they have used a steady - state, one dimensional heterogeneous
reactor model and they have taken the intra - particle concentration gradients into
account by solving the continuity equations in the catalyst pallet at each position along
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the fixed - bed reactor. They considered the transport mechanism in the axial direction to
be plug - flow type and it has been checked that axial dispersion of heat and mass could
be neglected as well as the pressure drop according to their operating conditions.
In this model, the fixed - bed reactor (lab scale reactor) was operated at high pressure
incase of methanol production to reduce the compression costs, and they have used a
reactor length of 3 m to obtain equilibrium conditions. The reactor diameter was
calculated from the required methanol capacity and the equilibrium methane conversion
rate. Oxygen was used instead of air to avoid downstream nitrogen separation; water was
included in the feed to suppress coke formation
As a result of these parameters, they have shown the temperature profile using both
kinetics models of Xu and Froment and Namaguchi and Kikuchi. The temperature profile
shows that the catalyst temperature starts from 1330 K (combustion temperature in this
case), then increases in the first part of the catalyst bed until it reaches the maximum
temperature after 0.5 m of the catalyst bed height and then decreases again regularly until
it reaches the outlet temperature of 1275 K.
These results seems to be acceptable from a point of view of inlet and outlet temperature,
but it contrasts some of plants data which it shows that there is no oscillation or peaks in
the temperature profile (e. g. PETRONAS Methanol Labuan in Malaysia and Lurgi Mega
Methanol in Germany) shows that the maximum temperature inside the reactor is the
combustion temperature and then the temperature decreases until the outlet temperature
at the end of the reactor bed.
Because of the assumption (in this research and all the models which have been done by
the others [21,22,23]) which is assumed that the methane combustion is the first reaction
inside the autothermal reformer, then followed by steam reforming and water - gas shift
reaction (these two reactions can be in parallel or consequently), it can said that, it must
not be any peaks or increase in the temperature gradient, because the temperature of
combustion (in the first part of the bed height) is the highest temperature in this process,
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and this temperature is the source of heat for the whole endothermic reactions, so, the
temperature must decrease along the height of the reactor bed.
Another reactors model has been studied by Ostrowski, Giroir - Fendler, Mirodatos, and
Mleckzo [26]. They have simulated the catalytic partial oxidation ofmethane to synthesis
gas at industrial conditions (pressure between 5 to 30 bar and temperature between 1023
- 1073 K) using both fixed - bed and fluidized - bed reactors with the kinetics models
proposed by De Groote and Froment for Ni catalysts.
The simulation results indicated that low synthesis gas yield are obtained incase of fixed
- bed reactors, because of the large influence of intra - particle diffusion limitation.
Equilibrium conditions were obtained in this case when the space - time was increased
by a factor of 6. In the fluidized - bed reactor, significantly higher yields were achieved
at identical space - time.
In the later case, small catalyst particles were applied compared to the fixed - bed
reactors and the effect of pore diffusion on the reaction rates were negligible. It was
shown that integrated product separation by means of membrane can improve the
synthesis gas yield significantly [7, 8].
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2.7 Parametric study:
Effect of H2 and C02 content in the feed mixture
2.7.1 Effect of H2 content in the feed mixture
Specific amount of hydrogen is required in the feed mixture to avoid the infinity of the
rate of reactions, because these rate equations are functions of the partial pressure of
hydrogen, so, it is necessary to avoid the partial pressure of hydrogen equal to zero by
adding hydrogen to the feed mixture [22]. These reactions are discussed further in the
next chapters.
Autothermal reformers do not need any additional amount of hydrogen, because the
amount of hydrogen in the feed from the downstream of steam reformers of 50 % is
sufficient.
Influence of hydrogen in the feed mixture has been investigated by adding H2 to the feed
mixture, where 10 % of H2 added, the percentage carbon deficiency is lower by about
6%, but the conversion of methane is about 3 % lower [22].
For a mixture containing hydrogen, the maximum temperature in the catalyst bed is
slightly lower. In the presence of H2, there is no temperature decrease near the reactor
inlet and the temperature peak is shifted upstream. It is clear that when hydrogen is added
to the feed mixture there is no carbon formation due to the endothermic methane cracking
near the reactor inlet. Because of this, there is no temperature decrease and the
combustion reaction starts further upstream in the reactor [22].
The fraction of the catalyst bed covered with carbon is significantly smaller for a feed
mixture containing hydrogen, but the net coking rate is higher than for a hydrogen-lean
feed, so that this part of the catalyst bed is subject to severe deactivation.
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It may be concluded that adding hydrogen to the feed mixture only prevents methane
cracking in the first part of the reactor and it is not efficient for avoiding carbon
deposition [22].
2.7.2 Effect of C02 in the feed mixture
Most of natural gas contains carbon dioxide. According to the amount of C02, natural gas
can be pretreated for C02 removal. In spite ofC02 removal process, small amount ofC02
remains in natural gas, so, it is necessary to investigate the effect of C02 in the feed
mixture [1].
Influence of carbon dioxide and hydrogen in the feed mixture for autothermal reformers
using Ni catalysts have been investigated by De Groote and G. Froment [22].
Effect of carbon dioxide in the feed mixture was investigated at pressure of 25 bar and
constant methane feed using a reactor length of 3 m and 6 m for another model called
BV-model. It has been achieved that addition of carbon dioxide and steam to the feed is
mainly reflected in the H2 / CO product ratio. Adding carbon dioxide to the feed
decreases the conversion of methane, but increases the conversion towards CO, thus
leading to a synthesis gas with lower H2 / CO product ratio. On the other hand, the H2 /
CO ratio in the effluent become higher when steam is added.
By adding carbon dioxide or steam to the feed mixture, a synthesis gas with a desired H2 /
CO ratio in the effluent canbe produced. A given H2 / CO ratio in the effluent can also be
obtained by changing the CH4/ 02 feed ratio. The low carbon balance result either from a
high rate of carbon deposition or from its insufficient gasification.
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As mentioned before, natural gas may contains a high amount of C02 which can be
separated, recovered, and purified based on either absorption or adsorption or membrane
separation for further C02 reforming to produce synthesis gas.
A process concept called tri-reforming of methane has been proposed by means of
Chunshan Song and Wei Pan [27], using C02 in the flue gases from fossil oil-based
power plants without C02 separation.
The proposed tri reforming process is a combination of C02 reforming, steam reforming,
and partial oxidation of methane in a single reactor for production of synthesis gas.
This process has been taken place in a fixed-bed flow reactor at 850 C and 1 atm
pressure with supported nickel as catalyst. Different nickel catalysts were studied to
investigate tri-reforming process [27].
The results of this study show that, over 95 % of methane conversion and about 80 % of
C02 conversion can be achieved in tri-reforming process over nickel catalysts supported
on an oxide substrate. C02 and methane conversion increase with the increasing of
reaction of all nickel catalyst types.
At equilibrium, the minimum conversion ofmethane achieved was 86% at 700 C, where
the maximum conversion was 97.9% at 850°C. For C02, the minimum conversion
achieved was 55.6% at 700° C, where the maximum conversion was 87%at 850 C [27].
It has been shown that, coke formation in this process can be avoided at temperature
higher than 800° C. Amount of coke of 0.25 to 0.8 mol/mole methane can be obtained at
700° C. and this amount increases at lower temperatures.
These results show that, a suitable conversion of methane and C02 can be achieved at
atmospheric pressure, but most of synthesis gas is used for production of chemicals
requires a relatively high pressure (15 to 40 bar), so, from economical point ofview, it is
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favorable to use a high synthesis gas stream pressure to reduce the costs ofcompression
for the downstream and this feature can not be achieved via tri-reforming process which
has been obtained at 1 atm, but this process can be useful for production of synthesis gas
for fuel cells where no high pressure of downstream is required.
2.7.3 Effect of air on the steam methane reforming:
The effect of adding air to the feed in steam methane reforming was investigated by
Joelmir A. C. Dias and Jose M. Assaf [28] over nickel catalyst. The catalyst exhibited a
high specific surface area, but low metal surface area. It has been found that, the addition
ofair to the feed mixture in the steam reforming ofmethane offers some advantages. The
first is a decrease in the amount ofcarbon deposited on the catalyst. Another advantage of
adding air to the feed mixture is that the endofhemicity of the process is reduced, so that
hydrogen may be generated without consumption of external energy, making it viable to
produce this gas for use as a fuel [28].
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2.8 Types of catalysts for synthesis gas production:
Varies types of metals can be used as catalysts to promote natural gas to synthesis gas
including nickel, cobalt, iron, and the platinum group metals, the use of these metals as
catalysts were reviewed by means of S. C. Claridge and M. L. H Green [29].
It has been shown in their study that, nickel catalysts emerged as the most practical
catalysts because of their fast turnover rates, long-term stability, and cost.
The major technical problem for the nickel catalysts is whisker carbon deposition on the
catalyst surface which can lead to the plugging of the reformer tubes. It has been found
that, carbon deposition could by substantially reduced by the use of an excess water and
temperature of about 1073 K. Under these conditions carbon deposition is
thermodynamically unfavorable [29].
Also they have shown the effect of temperature on the equilibrium partial pressure at 1
atm. They have found that, the equilibrium partial pressure of methane, carbon dioxide,
and water decrease with the increasing of temperature from a maximum of0.15 bar to
0.05 bar minimum, whereas the equilibrium partial pressure of hydrogen and carbon
monoxide increase with the increasing of temperature from 0.15 bar as minimum to 0.4
baras maximum for hydrogen and from 0.05 baras minimum to 0.2 bar as maximum for
carbon monoxide.
A further investigation on carbon deposition using different catalysts has been done in
this study. It was found that the relative rate of carbon deposition follows the order of Ni
> Pd » Rh, Ru, Pt, Ir. Very little carbon deposition was found over the noble metals
catalysts especially those of palladium and iridium for which, even after 200 hours,
negligible carbon deposition and catalyst deactivation was observed. This observation
shows that carbon deposition canbe avoided by using the suitable catalysts.
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The choice of specific catalyst depends not only on the effect of carbon deposition,
catalyst deactivation, or the conversion which can be achieved, it also depends on other
constrains such as the availability of this catalyst, the cost, and life time.
2.8.1 Rhodium catalysts:
Goralski, O'Connor, and Schmidt [30] have modeled a high temperature short - contact
time catalytic rhodium monolith reactor for the production of synthesis gas from methane
as a plug - flow tubular reactor using detailed heterogeneous and homogeneous reactions.
They have performed their simulation at different pressure; preheat temperatures,
compositions, and catalyst pore sizes.
In their calculations, they have shown that there is a significant interplay between
heterogeneous and homogeneous reaction, which is generally unselective for synthesis
gas production, it favored by high pressure, large catalyst pores, and high preheat
temperature. Also in this case, they have shown that the onset of gas - phase chemistry
can be avoided by feeding air rather than oxygen into the reactor.
The results of this model shown that it is preferable to operate the reactor using this
catalyst at lower temperature, because the selectivity of carbon monoxide and hydrogen
decrease with the increasing of the operating pressure and temperature inside the reactor.
The catalyst temperature increases with the increasing of preheat temperature, this leads
to a higher methane conversion (the highest catalyst temperature gives the highest
methane conversion), but for this type of catalysts, it is preferable to operate the reactor at
high temperature (higher than 600°C) so, it is important to balance it to achieve an
economical methane conversion using moderate temperatures. Also the results of this
model show that the highest catalyst pore size gives the highest selectivity of carbon
monoxide and hydrogen, but at the same time, it gives the lowest selectivity of carbon
dioxide and water, which it means the composition of the produced synthesis gas can be
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controlled by controlling the catalyst pore size. The catalyst pore size effect intrinsically
the composition of produced synthesis gas [30].
Production of synthesis gas using this type of catalysts can be applied for production of
hydrogen and fuel cells (from a point of view of operating conditions, specially
temperature and pressure), but it is not suitable for production of methanol due to the low
temperature and pressure of the effluent (methanol reactors operated at temperature
higher than 1000 K and pressure of 40 bar approximately), and in this case, the effluent
temperature and pressure are 620°C and 15 bar respectively, which can leads for a higher
costs by adding heat and compression for the downstream [30].
2.8.2 Metal oxides catalysts:
Depending on Ga203, Sn02, or V205 supported ony - A1203 catalysts, Wierzchowski and
Zatorski (2003) [31] have studied the kinetics of carbon monoxide and methane oxidation
under the stoichiometric conditions.
They have found that the catalytic activity depends on the pretreatment conditions
(oxygen or hydrogen atmosphere) of the catalyst. They have investigated the detailed
kinetics to determine the reaction rates and adsorption coefficients of Langmuir - type
equations in the case of catalysts pretreatment under oxygen atmosphere and reaction
calculated with oxygen excess.
All the catalysts have beenprepared by the cooperating partners from France (Institute de
Recherche Sur Catalyse, CNRS), Italy (Milan University), and Romania (Viga Refinery)
to allow some variation and cooperation between the academic study and the practical
applications. Samples of the catalysts were put in the quartz tube reactor and pretreated in
the various conditions prior to the catalytic run.
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The results of these catalysts in case of methane conversion to synthesis gas show that
a total conversion between 0.5 and 12.5 % of methane can be achieved at 534 C.
Catalysts activity is influenced by pretreatment conditions and the specific activities are
higher for the catalysts pretreated under hydrogen flow than reduced catalysts and the
activity of Sn catalyst is the highest one. The highest rate of methane of methane
combustion was achieved via Gallium oxide catalyst where the Vanadium oxide
supportedcatalyst exhibited the lowest activity.
It has been shown that hydrogen pretreatment increases oxidation activity for tin and
gallium catalysts and the high temperature hydrogen pretreatment (630 C) of tin and
Gallium oxides catalysts significantly decrease the activation energy of methane
combustion [31].
For specific feed mixture using Zink oxide catalysts, it has been found that the highest
feed conversion (83 %) can be achieved using powder catalyst, where the lowest
conversion (20 %) observed when the pellet catalyst was used, the paper shape catalyst
gives a moderate conversion between the powder shape andpellet shape [32].
2.8.3 Palladium catalysts:
Methane combustion over palladium catalysts has been investigated by means of R. E.
Hayes, and et al [33] in a monolith reactor. They have determined the rate equations and
showed an approximately first order dependence on methane concentration and zero
order dependence on oxygen concentration.
Significant inhibition by water was observed, but the inhibition by carbon dioxide was
negligible. For the dry feed, catalyst activity and activation energy reduction was
observed significantly above temperature above 820 C.
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Different catalyst compositions were prepared and used to investigate methane
conversion. For all these compositions, methane conversion increases with the increasing
of the inlet gas temperature (the maximum inlet gas temperature was 900 K). the
maximum conversion achieved was 25% for some of catalysts compositions, but in
another cases, there were no or minimal conversion achieved (the conversion was zero or
approximately zero) and the same trend was observed when the pre-burner was operating.
Effect of channel inlet velocity was investigated; they have found that the conversion of
methane decreases with increasing velocity.
The kinetic model was developed for palladium catalysts, and it has been shown that the
rate constants increase with increasing temperature, and methane conversion was
observed and presented when no water added or water was added to the feed. Also the
axial wall temperature profiles were simulated at various inlet gas temperatures, it has
been found that the wall temperature approximately increases linearly with the increasing
of inlet gas temperature [33].
2.8.4 Platinum catalysts:
Beside Ni catalysts, platinum is one of the most important catalysts for synthesis gas
production from natural gas, because of the low initial activity, the high stability, and the
high performance of the reaction with steam at high temperatures. The higher resistance
of coke formation of the catalyst supported on ceria is one of the features of platinum
catalysts due to the metal - support interaction and the higher mobility of oxygen in the
oxide lattice [34].
This catalyst has been studied by means of M. Souza, and et al using a fixed - bed flow -
type quartz reactor loaded with 20 mg of catalyst under atmospheric pressure [34].
Using the same concept of autothermal reforming of methane to synthesis gas via Ni
catalyst, which it combines partial oxidation and reforming of methane with C02 or
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steam, this model was carried out with three different formulas of platinum catalysts,
Pt/Al203, Pt / Zr20, and Pt / Ce02, which were prepared by incipient wetness
impregnation of the supports with an aqueous solution of chloroplatinic acid followed by
drying at 120°C for 16 hours and calcinations in air at 550°C for 2hours. All the samples
contained about 1 wt % of platinum, which was determined X - ray fluorescence. This
procedure formulated by Souza and Schmal [35].
The results of this study show that the oxygen conversion is 100 % starting from 450 C,
all three catalysts presented similar activities, with Pt / Zr20 was being slightly less active
in a range oftemperature between 450 - 600°C and the most active at temperature higher
than 700°C.
At the end of the reactor, methane conversion of approximately 92 % was achieved via Pt
/ Zr20, which it reflects the higher methane conversion in case of a combination between
partial oxidation and carbon dioxide reforming of methane.
In case of a combination between partial oxidation and carbon dioxide reforming using Pt
/ Ce02 catalyst, the composition profiles show that a composition contains 33 %
hydrogen and 38 % carbon monoxide can beachieved viathis model [33].
This ratio between hydrogen and carbon monoxide is suitable for some chemicals
production, but it is not suitable for production ofmethanol which is roughly around 2.5
(H2 / CO), anyhow, it has been presented in this study that H2 / CO product ratio can be
manipulated according to the addition of carbon dioxide or steam to autothermal
reformers and it is possible to achieve the optimum ratio for GTL (gas to liquid)
processes (H2 / CO = 2) by coupling steam reforming and partial oxidation ofmethane,
but in some GTL processes such as hydrogen production or methanol production, a
higher pressure downstream is intrinsically required to reduce the cost of compression
[41].
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This model has been derived under atmospheric pressure, so to use it for production of
synthesis gas for methanol production, another case must be added. This case is the
conversion of methane under higher pressure (25 - 30 bar) and another question must be
answered about minimum and maximum H2 / CO ratio can be achieved using high
pressure models.
2.8.5 Effect of adding metals to catalysts:
Joelmir A. C. Diass and Jose M. Assaf [36] have investigated the effect of adding small
amounts of Pt, Pd and Ir (<0.3 wt %) to nickel catalysts for the autothermal reforming of
methane, it has been demonstrated that platinum, iridium, and palladium increase
methane conversion during autothermal reforming process. Methane conversion during
autothermal reforming was found to rise proportionally with the metal surface area.
Therefore, it is proposed that the effect of these low contents of these noble metals in the
catalyst is limited mainly to increase the area of the exposed metal surface to reaction,
irrespective to the noble metal added [36].
2.8.6 Summary of literature review
From these literatures review, it can be seen that, most of the work in the area of
synthesis gas production from natural gas is focused in three specific parts. The first part
is the investigation of the kinetics of natural gas reactions which are taken as methane
reactions. This part has been studied intensively by investigating the kinetics parameters
using different operating conditions (mainly the operating temperature and pressure). The
second part is the studies on the routes of synthesis gas production. These routes are
partial oxidation, steam reforming and autothermal reforming using different types of
feedstock such as natural gas and coal. The third part is the studies on the types of
catalysts which can be used to produce synthesis gas. It is found that, most of the
catalysts investigated are suitable for hydrogen production for fuel cells where less
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CHAPTER 3
3. MODELING OF SYNTHESIS GAS
LOOP
3.0 Introduction
This chapter describes the development of the model that is used in this work. The model
was derived to investigate the temperature profile of autothermal reformers as the main
variable under study and the effect of the other reactor variables on it, thus, the rate of
reactions and yield can be investigated according to temperature profile obtained.
This steady state model has taken the practical part which contains the operating
conditions of the plants and combined it with the kinetics of methane reactions which
describe the rate of reactions. This chapter consists of two main parts which are:
(a)- Research methodology:
This part describes the steps to develop the model of autothermal reformers by
showing the information required to derive this model.
(b)- Model configuration:
This part comprises the equations of the model and the procedure of calculations of the
parameters required in these equations depending on the plant data and kinetics
parameters.
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3.1 Research methodology
The objectives of this work can be achieved by dividing the work into steps according to
the consequence of required information calculations to derive the final model of
autothermal reformer. These steps can be divided as the following:
3.1.1 Data collection
As it is mentioned in the previous chapters, autothermal reformer is a part of a complex
process to produce synthesis gas from natural gas.
To model this reformer, it is inevitable to get sufficient information and data about the
whole process. These data can be achieved from two main sources which are:
a) Plants data
These are the data collected from PETRONAS Methanol Labuan Company which is
taken as a case study.
This part contains:
• Process Flow Diagram (PFD)
This diagram is required to know the main steps of production of synthesis gas and to
show the flow rate at each stream to finalize the total inputs and outputs of the
autothermal reformer under study. This diagram is shown in appendix A.
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• Operating pressure
The operating pressure and the partial pressures of compounds are required to calculate
the rate of reactions. The pressure values are needed to choose the appropriate kinetics






• Catalyst pore size.
• Catalyst volume.
The catalyst density affects mainly the rate of reactions, conversion, and temperature
profile, where the catalyst pore size is required to calculate the pressure drop inside the
reactor according to Ergun equation [40].
• Streams composition
Streams compositions are required to calculate the fraction of each compound at each
stream to finalize the compositions of the input and output of the reactor.
Composition of streams is shown in appendix A.
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• Autothermal reformer data
The data required about the autothermal reformer are the design parameters which are
required to build the reactor model and material balance, mainly it contains:
(I) Combustion temperature
Autothermal reformer contains combustion zone for methane combustion reaction. There
are various types of burners for this combustion which can give different combustion
temperatures, so, it is necessary to obtain the actual value of combustion temperature in
this process because it affects intrinsically on the bed temperature and conversion offeed.
(II) Reactor cross-sectional area (A)
Reactor cross-sectional area is required for calculations of catalyst bed volume and
conversion.
(III) Catalyst bed height
Catalyst bed height is required to calculate the catalyst bed density for conversion
calculations and to calculate the void which is required for pressure drop calculations.
b) Data from literature:
The kinetics of methane reactions have been studied widely by means of many
researchers either by investigating different catalysts or by different conditions.
The required data in this step are:
• Reactions enthalpy.
• Reactions rate equations:
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This contains:
a- Rate constants (k), reaction dependent.
b- Adsorption constants (K).
c- Equilibrium constants (Ki).
3.1.2 Kinetics model investigation:
There are different kinetics models derived using different catalysts and different
operating conditions as it shown in the chapter 2.
In this step, a comparison between the conditions of kinetics models derivation and the
plant operating conditions will be necessary to choose the appropriate model which
matches the same operating conditions or approximately same conditions.
This comparison will be based on two main pointswhich are:
3.1.2.1 The catalyst type:
It is crucial to develop a kinetics model involving Nickel catalyst which is used in this
process.
3.1.2.2 Operating pressure and temperature:
Some of kinetics model derived at high pressure (P > 25 bar), such as Trimm and Lam
[21], some of them derived at moderate pressure (15 <P < 25 bar) such as De Groote and
Froment model [22], and some of them derived at approximately low pressure (P < 15
bar).
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The priority will be for model achieved at the same pressure of the process. If there is no
model achieved at this pressure, the kinetics model achieved at the nearest pressure will
be used.
Same procedure will be followed to investigate the temperature of kinetics model to
match the plant operating temperature.
3.1.3 Determination of reactions rates
Reactions rates will be calculated by combining the required data from plant operation
and literature data with the chosen values for the kinetics model parameters in the
reactions rate equations.
The data required for the rate equations are:
• Concentration of methane and oxygen.
These concentrations will be calculated from the over all material balance.
• Rate constants.
The rate constants will be calculated according to Arhenious equation
• Adsorption constants
These constants will be calculated according to Trimm and Lam [21]
• Partial pressure of oxygen, methane, carbon monoxide, carbon dioxide, and
hydrogen.
The partial pressure will be calculated according to Raoult's law which describes
the partial pressure of component i as a function of the total pressure and the mole
fraction of component i.
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3.1.4 Reactor model and simulation:
3.1.4.1 Reactor model:
The reactor model will be built based on the final kinetic model achieved which shows
the rate of reactions including all the kinetics parameters and mass balance which gives
the flow rate and composition of the reactor feed.
The equation which shows the energy balance and temperature profile parameters will be
included and discussed more on the model configuration part.
Assumptions of the model:
• One dimensional heterogeneous reactor model.
• Steady state operation.
• The reactor is adiabatic.
• Concentration and temperature gradients only occur in the axial direction.
• The catalyst is uniform.
• Momentum balance is ignored.
3.1.4.2 Reactor simulation:
The simulation of the reactor model will be built on MATLAB 7.1 software using loops
configuration to include all the reactor parameters on the program of simulation to allow
further study for them. The configuration of the algorithm followed to build the
simulation model will be shown in the model solution procedure.
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3.1.5 Reactor model validation:
The first validation of the model results will be achieved by comparing the temperature
profile (the most important variable) achieved with the corresponding temperature
measurements which include the temperature at top, middle, and bottom of autothermal
reformer under study.
3.1.6 Effect of process variables study:
This step includes:
• Effect of catalyst volume on the temperature profile.
• Effect of gas superficial velocity on the temperature profile.
• Effect of burner temperature (combustion temperature) on the temperatureprofile.
The most important variable in this model is temperature, because it affects directly on
the rate of reactions and conversion, so, the temperature profile will be studied first, and
then, the corresponding rate of reactions and conversion can be achieved.
3.1.7 Calculations of conversion
This step will be taken to study the yield achieved using different values of reactor
parameters used in the reactor model including:
(I) Percentage of reacted and generated compounds at each unit along the catalyst bed
height.
(II) Molar flow rate of each compound at each unit of the catalyst bed.
(III) The corresponding molar fractions of these compounds.
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3.2 Model Configuration
3.2.1 Process description
As it mentioned in the chapter 2 [1, 2], there are various industrial methods to produce
synthesis gas from natural gas. Amodel ofan autothermal reformer combined with steam
reformers (appendix A) will be developed in this research by taking output of steam
reformers and pure natural gas as the inputof the autothermal reformer.
The feed of autothermal reformer under study consist of:
1- Steam.
2- Oxygen with a purity of 99.5 %.
3- Pure natural gas and steam reformer outlet.
Table 3.1 shows the composition ofpure natural gas and steam reformer outlet which will
be mixed to be fed to the autothermal reformer.
From the process flow diagram (PFD) and composition ofeach stream, over all material
balance has been done to calculate the final input and output of the autothermal reformer
including the flow rate and molar fraction ofeach compound (appendix B).
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Table 0.1 Composition of natural gas and steam reformer outlet:
Stream CH4 % H2% co2 % CO% o2%
Pure natural
gas




12.5 66.5 10.6 10 0.4
Tables 3.2 and 3.3 show the molar flow rates and molar fractions of compounds in the
reactor input and output.
Table 0.2 Flow rates and Molar fractions of reactor input:
Compound Flow rate kmol/hr Molar fraction
CI-L, 2236 0.188
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Table 0.3 Flow rates and molar fractions of reactor output:
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3.2.2 Reactor parameters
The average gas density (p) and heat capacity (Cp) were calculated using HYSIS
software by applying the gas feed composition and operating conditions to be calculated.
The most used catalyst pore size and density have beentaken from Bischoff and Froment
[37]. The other reactor parameters such as the reactor cross sectional area and reactor
diameter were taken from the plant, table 3.4 shows these parameters.
able 0.4 Reactor parameters:
Reactor diameter (d) 3.62 m
reactor cross sectional area (A) 10.287 mz
Gas superficial velocity (u) 7.199 m/s
Catalyst density (pc) 1970kg/mJ
Catalyst pores diameter (Dp) 0.0018 m
Gas density (p) 3.894 kg/mJ
Heat capacity (Cp) 3.206 kJ/kg.K
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3.2.3 Methane reactions
Experimentally, by controlling the inlet temperature higher than 450 C, carbon formation
- which is not preferred- can be avoided [38]. Thus, reactions (5) to (8) can be ignored.
For the development of algorithm, only the main reactions as indicated by (1) to (4) are
taken into consideration, the other side reactions (5) to (8) are assumed neglected.
These reactions are:
Exothermic combustion of natural gas:
CHA + 202 « CO, + 2H20 0)
Endothermic steam reforming reactions:
CH, +H2OoCO + 3H2 (2)
CH4 + 2H20 <=> C02 + 4/-/2 (3)
Water-gas shift reaction:
CO +H2OoC02 + H2 (4)
There are some side reactions can take place into the reactor as the following:
Carbon deposition according to Boudouard reaction:
2CO <=>C + CO, (5)
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Methane cracking:
CH,oC + 2H2 (6)
Carbon gasification by steam or oxygen:
C+H2Oe>CO + H2 (7)
C+O, e>C<99 (8)
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3.2.4 Calculations of kinetics model parameters
Autothermal reforming process model is basically a combination between three main
parts. The first one is the constants which contain the rate constants (k), the adsorption
constants and equilibrium constants (K). The second part is the rate equations, which
contain the rate of each reaction and this equations are functions of the constants k and K.
The third part is the energy equation which is a function of the rate equations.
3.2.4.1 Calculations of the reaction constants (k):
According to Arhenious equation, the rate constant k is given by:
/c = ^*exp(-—) 3.1
RT
Where A = pre-exponential factor, reaction dependent.
E = activation energy (kJ/mol).
R= global gas constant (J/mol.deg).
T = temperature K.
For the parameters of this equation for each reaction, see table 3.5.
3.2.4.2 Calculations of the adsorption constants (K):
The adsorption constants K can be written according to Trimm and Lam (1980) [21] as:
Ki = A(Ki)exp(-AHj/RT) 3.2
The parameters of this equation (called Van't Hoff parameters) are given in table 3.6.
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Table 0.5 Arhenious parametervalues for combustion, reforming, and water-gas shift




la Trimm and Lam (1996)
[21,23]
8.11 x 103 86.0
lb Trimm and Lam (1996)
[21,23]
6.82 xlO3 86.0
2 Xu and Froment [23,39] 1.17x 1013 240.1
3 Xu and Froment [23,39] 2.83 x 10'" 243.9
4 Xu and Froment [23,39] 5.43 x 103 67.1
*units: (la), (lb): mol bar"2 kgcat"'s"'; (2) mo1bar0'3 kgcar's-'; (3) mol bar"1 kg^'s"'
50
(4) mol bar05 kgcar's-1





CH4 (combustion) 1.26 x 10"' -27.3
02 (combustion) 7.87 x 10"' -92.8
CH4 6.65 x 10"4 -38.3
CO 8.23 x 10"3 -70.7
H2 6.12 x 10"y -82.9
H20 1.77 x 103 88.7
**units: CH4 (combustion), C2 (combustion), CH4jCO, FI2:bar"',H20:-
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3.2.5 Energy balance
There are many parameters effecting the temperature variation inside the autothermal
reformer. These parameters will either increase the temperature along the height of the
bed or decrease it. The first parameter is the heat of each reaction (-AH) which it reflects
the type of a specific reaction whether it is endothermic or exothermic reaction; the
second parameter is the rate of each reaction which effects directly the heat production or
consumption inside the reactor according to the type of reactions.
Other parameters effect the consumption or generation of reactions materials and the
reaction kinetics include the gas superficial velocity (us), gas density (pa), heat capacity
(Cp), and The catalyst bulk density (pb).
De Groote and Froment [22] have connected all these parameters experimentally in the
equation bellow (3.3) which can be used to predict the temperature profile along the
reactor.
3.2.5.1 Energy equation:
az UsPvL,, /=i 3.3




Mc is the mass of catalyst
Vy is the volume of reactor bed
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Mass of catalyst can be calculated as the following:
Ma =pc.Vc 3.5
where:
pc is the catalyst density.
Vc is the volume of catalyst.
The volume of reactor bed (VT) can be calculated as the following
Vr = A.h 3.6
Since the reactor is adiabatic, the concentration and temperature gradients only occur in
the axial direction. Intraparticle diffusion limitations are expressed here in terms of
effectiveness factors (n) [22].
The values of the effectiveness factors which taken from De Groote and Froment [22]
are:
77, = 0.05 for the total combustion of CH4 to C02 and H20
rj2 = 0.07 for CO production by steam reforming
rj3 = 0.06 for C02 production by steam reforming
rj4 = 0.7for water-gas shift reaction
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3.2.6 Kinetic equations
The rate of complete combustion of methane to C02 and H20 has been published by
means of Trimm and Lam (1980) [21 ] as the following equation:
r, =
*,[C7/J[02] t k2[CH,\\Q2Y 37
(1 + £,[C/-/J + K2[02])2 \ + K,[CH4] + K2[02)
Smet et al. (2001) [23] have shown that, this proposed equation is valid at temperature
above 830 K, and 02 / CH4 ratios between 0.3 and 5. These conditions are matching the
conditions of this model where the lowest temperature used is 1100 C and 02 / CH4 ratio
is 0.5.
The first term of the rate equation of methane combustion accounts for the reaction
between molecularly adsorbed methane and oxygen, while the second term describes the
reaction between molecularly adsorbed methane and gaseous oxygen.
The rates of steam reforming reactions (reactions (2) and (3)), and water gas shift
reaction (reaction (4)) have been described by Xu and Froment [24, 25] on nickel
catalysts according to the following reactions:
klCAPcHtPH^-PLPCO,K^1 tf, i.o
r-, =2 (l+KcoPco + KHPHi+KCHiPCHi +KHi()PHi0/PHiy
KIP«[(Pch>Plo-PkPcoJKs)
(l +Ka:A:„ +KH2PH2+KCHfCHi+KHiOPH20/PHi)2 3.9
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KIPhSPcoPhv-PhPcoJKa)
rA = (\ +KC0PC0 +KHiPHi+KCH4PCHa+KH20PH20/PH2)2 3.10
In previous work, the coke formation zones were based upon thermodynamic
calculations. Wagner and Froment [25] predicted the zones in which coke formation is
possible through methane cracking and through the Boudouard reaction by means of
experimentally determined (threshold constants). To go beyond this and to predict the
amounts of coke that can be formed on the catalyst, kinetics equations of coke formation
are required. These were also derived by Wagner and Froment [24] from experiments ina
differentially operated electrobalance reactor. These coke formation rates are as the
following:
k(JCO ^7' co, ' P(CO
V+KcoScoJPco) 3-U
jc p I pi -k P2H-' a-i4 ' ' h2 k-v1 h2 2 12
0 + K,^PH)
k P IPls-\a1 n,o ' x H
r-i =7 (l +tf^+^Ao'^)2 3.13
ww 3-14
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It has been found that, the carbon formation using nickel catalysts only occurs when the
temperature is lower than 450°C [28], the plant data supports this finding, where no coke
formation observed at temperatures higher than 450°C. In case if the temperature is lower
than 450°C, the above rate equations of coke formation can be applicable.
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3.2.7 Calculation of the pressure drop
The equation used most to calculate pressure drop in a packed bed is Ergun equation
[40]:
dP




In calculating the pressure drop using the Ergun equation, the only one parameter that
varies with the pressure in the right - hand side of Ergun equation is the gas density, so,
another formula from this equation has been derived [40]:







Where P = final pressure at the reactor outlet
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Where:
Q is the mass flow rate.
G =3870kg/h.m2
O is the porosity it is given by:
Vv is the volume of void
Total bed volume = 76.1238 m3
vv = vT-vc
= 76.1238-31= 45.1238 m3
0 = 0.593
gc =conversion factor = 10"8 (for SI units)
Dp= diameter of the particle in the bed = 0.0018 m





P = 27.5 bar
3.19
3.20
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AP = 2.5 bar
This value of pressure drop is neglected compare to the total operating pressure. In other
cases (different operating conditions and reactor parameters), if the value of the pressure
drop is not neglected, the height of the bed, z, will be taken as variable, so, the pressure
drop at each position inside the reactor can be calculated as well as the corresponding
partial pressure of each compound, the rate constants, the rate of each reaction, and then
the temperature and conversion at this position.
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3.2.8 Solution procedure
Equation (3.3) contains some crucial parameters affect intrinsically on the temperature
profile, such as the catalyst mass -or volume- which affects the bulk density, also the
flow rate of the feed which affects the gas superficial velocity.
In this model, there are three main parts; the first part is the kinetics constants (rate
constants, adsorption constants, and equilibrium constants) which are functions of
temperature, the second part is the rate of reactions which are functions of kinetics
constants, and the third part is the bed temperature which is a function of rate of
reactions.
This model appears like a loop which can not be solved individually, in other words, all
these variables must be solved simultaneously. So, to achieve the relations between all
these parameters, this model must be built as one unit.
The key of this loop is the inlet temperature (because it is the first variable to start the
calculations of constants and rate of reactions), so, it will be taken as the starting point to
solve the model. This algorithm used is as the following:
1- The reactor was divided into small reactors by dividing the catalyst bed height
(7 m) into 7000 units (the height of each unit is 1 mm) represent these batch
reactors.
2- The kinetics constants were calculated at the inlet temperature according to
equations (3.1) and (3.2).
3- The rate of reactions (n to r4) will be calculated from the values of kinetics
constants and the other reactor parameters (partial pressures, oxygen
concentration) according to equations (3.7), (3.8), (3.9), and (3.10).
4- From the values of reactions rates (n to r4), the outlet temperature can be
calculated according to equation (3.3).
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5- From the inlet temperature and outlet temperature, the average temperature at the
first unit can be calculated.
6- The outlet temperature of the first unit will be the inlet temperature of the second
unit.
7- Same procedure will be followed to calculate the kinetics constants, rate of
reactions, and the temperature at each unit until the last unit which represents the
outlet of the reactor, so each variable can be plotted along the reactor (e.g. rate of
reactions or temperature with the catalyst bed height).
8- Different values for the reactor parameters such as different catalyst volumes,
different superficial velocities, and different inlet temperatures can be varied to
study the effect of each parameter on the temperatureprofile and rate of reactions.
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3.2.9 Calculations of conversion
The conversion of each compound can be calculated using the following set of
differential equations (equations 3.7 to 3.10) which proposed by Bischoff and Froment
[37] and describe the conversion of the feed as functions of reactor parameters.
After fixing the catalyst bulk density, cross sectional area, flow rate of methane and
oxygen, and effectiveness factors, the conversion varies with two variables; the catalyst
bed height and the rate of reaction which are vary again with the catalyst bet height z.
To solve these equations, the catalyst bed height was discrete into units of distance, so,
the rates of reactions at each unit remain constant. According to the values of rate of
reactions, the conversion of each compound was calculated at each position and by
integrating all the units, the total conversion ofeach compound can be achieved.
To calculate the conversion of compounds if any variable changed (e.g. conversion at
different combustion temperatures), first, the specific value of the variable under study
was applied, then, the corresponding rates of reactions were calculated at these new
conditions, these new values of reactions rates were applied in the conversion equations
to calculate the new conversion following the same procedure.
dXCH p. A . .
-^-^(™+7,r2+»7,r,) 321
dz F0° ( ™ 3.22
dXC0 _ pbA
—, ~ £.0 v/2r2 TUr«.) _ „dz FCH 3.23
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JY a 3.24
aAco, PhA , .
—j£i- =-~r-{Tlirx+rj3r3+T]ArA)
dz FCHt
The overall selectivity can be calculated by taking the carbon monoxide as the desired
product where the carbon dioxide is the undesired product according to equation 3.25
[40].
S „ = Flow rate of the desire product 3.25
^ o vera 11 ———— c
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CHAPTER 4
4. RESULTS AND DISCUSSION
4.0 Introduction
This chapter shows and discusses the results of the autothermal reformer model. The
results show the temperature profile as a function of the catalyst bed height and its
variation with the catalyst volume, and thecorresponding rate of reactions.
In order to validate the model, the variation of the predicted temperature profile against
the actual plant data and the other researchers was done. Based on this variation, the
effect of the catalyst volume, gas superficial velocity and combustion temperature are
studied and shown in this chapter as well as the corresponding rate of reactions and
conversion of methane and oxygen to carbon monoxide and carbon dioxide. The
conversion and yield are compared with the other researcher's results which are based on
the partial oxidation process[22,23].
4.1 Variation of autothermal reformer temperature profde
In this process, there is no or minimal carbon formation in both steam reformer and
autothermal reformer due to high temperature (higher than 450°C) and suitable steam to
carbon ratio (1.7)- i.e. carbon in form of carbon monoxide and carbon dioxide.
Solving Equation 3.3 gives Figure4.1a.
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Figure 4.1a: Temperature profile along the catalyst bed height ofthe autothermal
reformer.
Figure 4.1a reflects the value oftemperature at each position inside the reactor which is
achieved by the rate of each reaction at that position.
In this Figure, the temperature decreases with the increasing of the distance inside the
reactor due to the majority of endothermic reactions which they use the heat energy to
complete the reactions.
The reactors cross sectional area can be taken into account to express the temperature
profile in Figure 4.1a in term of catalyst volume instead of distance. So, for specific
catalyst volume, the same behavior as in Figure 4.1a can be observed as shown in Figure
4.1b.
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Figure 4.1bTemperature profile with the catalyst volume.
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4.1.1 Comparison between the predicted temperature profile and actual plant data
It can be seen from Table 4.1 that, a lower temperature at each position can be achieved
compared to the temperature measured at three positions inside the catalyst bed.








Top (after the reactor
inlet)
1200°C 1202°C 1000°C
Middle (after 3 meters
from the inlet)
980°C 1000°C 800°C
Bottom (at the end of the
catalyst bed)
920°C 936°C 730°C
According to Table 4.1, lower temperature at each position along the catalyst bed of the
autothermal reformer can be achieved in this model, especially in the middle part of the
catalyst which is lower by 20°C, and the bottom of the catalyst bed which is lower
by 16°C. This leads for longer catalyst life and safer operating conditions.
The difference between the predicted model temperature and the actual plant data is
about 2 %. This difference is due to the total operating pressure in the model which is 30
bar and the operating pressure used to derive the kinetics model parameters which is 25
bar. The same trends of temperature profiles have been achieved by R. Horn [14] (2006)
in the production of synthesis gas from natural gas via partial oxidation on rhodium
catalyst as it shown in Table 4.1.
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4.2 Rate of reactions
Figures 4.2 to 4.5 show the predicted rate of reactions as a function of temperature by
solving the rate equations of reaction 1, 2, 3, and 4. The rate of these reactions are
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Figure 4.2 Rate of reaction 1 as a function of temperature.
Due to the exothermicity of reaction 1 ((AH) is negative), the value of the adsorption
constants Ki and K2 decrease with the increasing of temperature according to Equation
3.2, so, it can be seen in Figure 4.2 that, the rate of this reaction increases with the
increasingof temperature according to Equation 3.7.
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Figure 4.3 Rate of reaction 2 as a function of temperature.
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Figure 4.4 Rate of reaction 3 as a function of temperature.
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For the steam reforming reactions (reactions 2 and 3), the value of (AH) is positive, so,
the value of the equilibrium constants K3 and K5 increase with the increasing of
temperature (Equation 3.2). According to Equations 3.8 and 3.9, higher temperature leads
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Figure 4.5 Rate of reaction 4 as a function of temperature.
For the rate of reaction (4), (AH) is negative, according to Equation 3.2, K4 decreases
with the increasing of temperature, this leads for lower rate in the reversible direction as
it shown in Figure 4.5.
The general, there are too many parameters effecting the rate ofeach reaction, such as the
rate constants (k) which increases with the increment of temperature as long as the
activation energy is positive (see Eq. 3.1), also the equilibrium constants (K) affect on the
rate of reactions in two ways:
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4.2.1 Rate of reactions as functions of distance:
As long as the temperature decreases with the increment of distance (height) inside the
reactor, the rate of reaction 1 will decrease with the increment of distance. But the rate of
reactions 2, 3, and 4 will increase with the increasing of the catalyst bed height, because
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Figure 4.6 Rate of reaction 1as a function of distance inside the reactor, z m.
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Figure 4.8 Rate of reaction 3 as a function of distance inside the reactor, z m.
72




1 1 1 1 1 i i
]. \. r r -rf T j T
' .jS£ r- ,- T T T T
3 4 5 6 7
Catalyst bed height, z, m
Figure 4.9 Rate of reaction 4 as a function of distance inside the reactor, z m.
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4.3 Effect of catalyst volume:
The catalyst volume effects on the total bulk density (pb) which increases with the
increment of the catalyst volume (Equation 3.4). In order to investigate the effect of the
catalyst volume on the autothermal reformer temperature profile, different values of the
catalyst volume were applied into the model; these values were selected based on the
actual catalyst volume in PML plant which is 31 m .
Figure 4.10 shows the temperature profile using different catalyst volumes.
1 2 3 4 5 6
Catalyst bed height, z, m
Figure 4.10 Temperature profile using different catalyst volumes.
In Figure 4.10, it can be seen that a higher catalyst volume gives higher bulk density,
hence better reaction, hence more heat will be consumed as long as the endothermic
reactions are more predominant (after methane combustion the majority will be for the
endothermic reactions). This means the temperature will be lower at any specific position
Chapter 4: Results and discussion 75
when a higher catalyst volume (the highest catalyst volume gives the lowest temperature
at any position) is used. It can be concluded that, lower catalyst volume gives higher
temperature profile, and higher catalyst volume gives lower temperature profile as shown
in Figure 4.10.
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4.4 Effect of gas superficial velocity:
In order to investigate the effect of gas superficial velocity on the temperature profile of
the autothermal reformer, four values of this velocity were selected and applied into the
model. To achieve the best variation some of the values are selected lower than the actual
plant velocity and some of the values are higher than it (the actual plant superficial
velocity is 7.2 m/s). Figure 4.11 shows the variation oftemperature profile using different
gas superficial velocities.
3 4 5 6 7
Catalyst bed height, z, m
Figure 4.11 Temperature profile with different superficial velocities (us)
For a given catalyst volume (31m3), it can observed that in Figure 4.11, higher gas
superficial velocity gives a higher temperature at any position z.
There are two main factors affectingthe net value of heat consumption:
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a- Higher superficial velocity means lower residence time, hence less reaction, hence
for endothermic reactions means less heat will be consumed. That means higher
superficial velocity gives higher temperature at any position z.
b- Higher superficial velocity allows more reaction materials per unit time which it
means more heat will be consumed. That means higher superficial velocity gives
lower temperature at any position z.
According to Figure 4.11, the first factor is more predominant.
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4.5 Effect of burner temperature (combustion temperature):
There are various types of industrial headers of methane combustion, and each type of
these headers gives specific combustion temperature. In order to study the effect of these
combustion temperatures, different values are selected and applied into the model, these
values are higher and lower than the actual plant combustion temperature which is
1250°C as it shown in Figure 4.12.
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Figure 4.12 Temperature profile using different burner temperatures.
It is expected that, lower combustion temperature gives lower bed temperature at each
position inside the reactor as indicated by Figure 4.12.
In spite of the wide range of combustion temperature used to study the effect of burner
temperature on the temperature profile (1100°C up to 1400°C), approximately, same
outlet temperature can be achieved, because any additional heat will be utilized to
increase the rate of endothermic reactions. This that means the excess heat will be
absorbed by the reactants to produce carbon monoxide and carbondioxide.
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The ability to keep the outlet temperature in the same range using different combustion
temperatures will be suitable and more practical, because it gives permission to keep the
heat recovery system (heat exchangers) as it is. It will effect only on the composition of
the outlet, so, it is necessary to study the yield achieved via each combustion temperature
used.
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4.6 Rate of reactions using different combustion temperatures:
To study the yield achieved using different inlet temperatures, it is inevitable to calculate
the corresponding rate of reactions via each inlet temperature.














Figure 4.13 Rate of reaction (1) using different inlet temperatures.
It can be observed in Figure 4.13 that, higher combustion temperature gives higher rate of
combustion reaction.
After the third meter of catalyst bed height, the rates of reaction (1) are approximately
constant due to the high consumption ofoxygen in the first part of the catalyst bed.
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Figure 4.15 Rate of reaction (3) using different inlet temperatures.
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Figure 4.16 Rate of reaction (4) using different inlet temperatures.
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4.7 Conversion study
The percentages of consumed methane and oxygen and generated carbon monoxide and
carbon dioxide have been calculated after each unit of catalyst bed height by taking the
value of the rate of each reaction and apply it into Equations 3.21 to 3.24.
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Figure 4.17 Percentage ofconsumption and generation at combustion temperature of
1250°C):
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Figure 4.18 Percentage ofconsumption and generation at combustion temperature of
1100UC:
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Figure 4.19 Percentage ofconsumption and generation at combustion temperature of
1200UC:












2 3 4 5 6










Figure 4.20 Percentage ofconsumption and generation at combustion temperature of
1300UC:
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Figure 4.21 Percentage ofconsumption and generation at combustion temperature of
1400°C:
Obviously it can be seen from Figures 4.17 to 4.21 that the percentage of consumed and
generated materials increase with the increasing of combustion temperature, this will be
reflected in the molar flow rates and molar fractions.
Figures 4.22 to 4.26 bellows show the molar flow rates of compounds along the catalyst
bed height from the inlet to the outlet ofthe reactor. The output from the last catalyst bed
height unit (where z = 7 m) is the total output of the reactor.
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Figure 4.22 Output flow rates after each meter ofcatalyst bed height where the
combustion temperature of 1250°C was used:




1 2 3 4 5 6 7
XCH4 0.347 0.298 0.267 0.245 0.228 0.215 0.203
X02 0.128 0.111 0.102 0.095 0.089 0.085 0.08
xco 0.226 0.314 0.345 0.369 0.388 0.404 0.412
XC02 0.295 0.277 0.286 0.291 0.295 0.297 0.304
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Figure 4.23 Output flow rates after each meter ofcatalyst bed height where the
combustion temperature of 1100°C was used:
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Figure 4.24 Output flow rates after each meter ofcatalyst bed height where the
combustion temperature of 1200°C was used:




1 2 3 4 5 6 7
XCH4 0.358 0.317 0.287 0.262 0.241 0.225 0.209
X02 0.147 0.13 0.121 0.113 0.106 0.102 0.097
xco 0.251 0.29 0.321 0.348 0.371 0.390
0.41
XC02 0.244 0.263 0.271 0.277 0.282 0.283
0.284


















Catalyst bed hieght, z, m
Figure 4.25 Output flow rates after each meter of catalyst bedheight where the
combustion temperature of 1300 C was used:




1 2 3 4 5 6 7
*CH4 0.325 0.266 0.233 0.206 0.184 0.167 0.154
X02 0.109 0.091 0.081 0.073 0.067 0.062 0.059
xco 0.292 0.349 0.385 0.416 0.443 0.465 0.483
XC02 0.275 0.294 0.301 0.305 0.306 0.306 0.306
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Figure 4.26 Output flow rates after each meter ofcatalyst bed height where the
combustion temperature of 1400°C was used:




1 2 3 4 5 6 7
XCH4 0.284 0.222 0.186 0.161 0.142 0.128 0.116
X02 0.063 0.051 0.044 0.038 0.034 0.031 0.029
xco 0.341 0.402 0.441 0.471 0.495 0.516 0.532
XC02 0.312 0.325 0.329 0.33 0.329 0.329 0.329
It can seen from Figures 4.22 to 4.26 above that, the highest consumption of methane and
oxygen which it gives the highest generation ofcarbon monoxide and carbon dioxide can
be achieved when the maximum combustion temperature (1400°C) was used (Figure
4.26). This higher combustion temperature means higher combustion rate (exothermic
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reaction), thus more heat will be generated, and this leads to higher rate of endothermic
reactions (production of carbon monoxide and carbondioxide).
In spite of this fact, it is not preferable to operate the reactor at the highest combustion
temperature, because a higher temperature profile will be generated and this will effect on
the catalyst life, thus the main task is to achieve a suitable yield using a suitable
temperature.
This task can be achieved by comparing the yield achieved in Figure 4.22 (actual plant
temperature) and Figures 4.24 and4.25 (different combustion temperatures).
If lower combustion temperature used (Figure 4.24), lower temperature profile can be
achieved as shown in Figure 4.12. Thus longer catalyst life and safer operating conditions
can be achieved. But at the same time lower conversion of feed input is observed and if
this trend is acceptable, it is recommended to operate at lower combustion temperature.
On the contrary, if higher combustion temperature used as shown in Figure 4.25, higher
conversion of feed input and higher yield can be achieved. But at the same time the
temperature profile will be higher and this may leads to lower catalyst life.
Using the typical plant combustion temperature (1250°C), the molar fractions of
compounds have been plotted as in Figure 4.27.
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Figure 4.27 Molar fractions ofcompounds as function of catalyst bed height, z.
Figure 4.27 shows consumption of methane and oxygen at each unit of catalyst bed
height as well as production of carbon monoxide and carbon dioxide.
4.7.2 Molar fractions at different temperatures
The molar fractions of individual compounds have been plotted at different temperatures
as it shown in Figures 4.28, 4.29, 4.30, and 4.31.
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Figure 4.29 Molar fraction of oxygen at different combustion temperatures.
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Figure 4.31 Molar fraction ofcarbon dioxide at different combustion temperatures.
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4.7.3 Calculations of the overall selectivity
The corresponding overall selectivity at different temperatures are calculated by taking
the carbon monoxide as the desired product and the carbon dioxide as the undesired
product. The results are shown in Table 4.1.













1100 600 175 3.43
1200 831 246 3.38
1300 1161 344 3.37
1400 1403 447 3.14
4.7.4 Comparison between autothermal reforming and partial oxidation
Partial oxidation of methane to synthesis gas process has been studied by means of De
Groote and Froment (1996) [22].
Table 4.8 shows the conversion achieved from this model (at combustion temperature of
1400°C) and partial oxidation process where atemperature of1444°C was recorded as the
maximum bed temperature.
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In autothermal reforming process, steam reforming reactions are highly endothermic, so,
more heat will be absorbed to complete the reactions, and this leads for less conversion of
methane and oxygen than partial oxidation where no endothermic reactions are included
(or just minimal side reactions).
In spite of the higher conversion of methane and oxygen in partial oxidation process,
autothermal reforming still preferred for production of synthesis gas, because the
additional amount of C02 can be recycled for further processing (C02 reforming) to
produce more synthesis gas (according to economical point of view). In addition, partial
oxidation leads to coke formation which may cause catalyst deactivation where as in
autothermal reforming there is no coke formation included.
CHAPTER V
CONCL UDING REMARKS




One dimensional heterogeneous adiabatic fixed-bed reactor with supported nickel
catalyst is used to model the autothermal reformer for synthesis gas production. The
model has been derived using the kinetics parameters of methane reactions and the
process data where the rate ofcoke formation is neglected since suitable CH4/02 ratio of
1.7 in the feed and natural gas stream temperature of higher than 850 C are used.
A procedure to combine the kinetics model with material and energy balance was
proposed and applied in this work to develop a reactor model that enable temperature
predictions in the unit. This combination between the kinetics of methane reactions and
the plant operation data has given this model a practical base which makes it applicable
in the plants operation.
The model has been validated against the process data by comparing the temperature
profile achieved in this model and the temperature recorded from the plant which it
measured at different positions inside the catalyst bed. It is found that the difference
between the temperature achieved in this model and the temperature measured in the
plant is between 16°C - 20°C, which is about 2% less than the measured temperature.
Depending on this verification, the model can be used for further studies and
investigations of the other process variables on the temperature profile and the rate of
reactions.
Three process variables were varied to predict the temperature profile of the autothermal
reformer and the rate of reactions as well as conversion, these parameters are catalyst
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volume, gas superficial velocity, and combustion temperature (burner temperature). It is
found that each 1.5 m3 reduced of catalyst volume increases the bed temperature by about
16° C. While each 1 m/s increase of gas superficial velocity decreases the bed
temperature by about 15° C. As for the effect of combustion temperature and it has been
found that, the outlet temperature of the reactor remains approximately constant in spite
ofthe wide range ofcombustion temperature used (1100° - C 1400° C). This is due to the
utilization of excess heat by endothermic reactions to accelerate the rate of these
reactions. These results of the effect of combustion temperature give the ability to change
the combustion temperature without changing the outlet temperature, so, the heat
recovery system will not be changed in spite of the burner used, the effect of this
combustion temperature will be only on the conversion of feed which is studied and
provided in this thesis. The combustion temperature can be changed either by changing
the type of the burner or by changing the combustion fuel.
Due to some commercial regulations such as the production design and the products
price, it is not easy and favorable to change the feed flow rate (gas superficial velocity),
so to optimize this process, it is better to change the catalyst volume or the combustion
temperature.
Most of the previous works in synthesis gas production were focused either in the
kinetics of methane reaction or studying different types of catalysts, and all the
temperature profiles produced were based on recording the temperature at different
positions lab-scales reactors. The contribution of this thesis is the procedure to combine
the kinetics of the reactions with the mass and energy balance to develop the autothermal
reformer model and this model has been derived and validated. Two effective parameters
which are not studied before were investigated in this work; these parameters are the
combustion temperature and the catalyst volume.
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5.2 Future work
Methanol production process consists of three main steps; the first step is steam
reforming units, second is autothermal reforming reactors, and the third step is methanol
synthesis reactors. This thesis is focused on the middle step (autothermal reforming). The
future work in this process will be oriented for further studies on the other parts of
methanol production process which are the steam reforming and methanol synthesis
reactors. The work will focus on two main routes which are optimization and process
control
The optimization study will be developed by studying the effect of process variables and
how to achieve theoptimum operating conditions without changing the conceptual design
of the process units.
As for the process control, the study will focus on the ability to apply the new concepts of














































































Table Bl: Composition of desulphurized natural gas.
Propane % C02 % Ethane % Methane %
1-Dec 2.71 1.07 4.82 89.13
2-Dec 2.58 1.12 4.57 89.4
3-Dec 2.81 1.10 3.79 89.93
4-Dec 2.85 1.1 4.34 89.13
5-Dec 3.14 1.05 5.18 88.05
6-Dec 3.27 1.03 4.84 88.12
7-Dec 3.23 1.07 4.82 88.1
8-Dec 3.23 1.03 4.54 88.53
9-Dec 3.03 0.99 4.74 88.46
10-Dec 2.66 1.05 4.52 89.36
11-Dec 3.03 1.05 4.46 88.94
12-Dec 3.1 1.04 4.45 88.83
13-Dec 3.07 1.04 4.75 88.58
14-Dec 3.02 1.04 4.67 88.67
15-Dec 2.9 1.03 5.12 88.46
16-Dec 2.85 1.08 4.17 89.48
17-Dec 3.07 1.06 4.49 88.86
18-Dec 2.9 1.03 5.09 88.48
19-Dec 3.3 1.08 4.59 88.27
20-Dec 2.99 1.05 4.34 89.13
21-Dec 3.13 1.05 4.25 88.94
22-Dec 3.23 1.05 4.15 88.8
23-Dec 3.27 1.07 4.32 88.66
24-Dec 3.25 1.08 4.26 88.7
25-Dec 3.25 1.07 4.23 88.83
26-Dec 3.16 1.07 4.19 88.94
27-Dec 3.32 1.09 4.23 88.73
28-Dec 2.72 1.02 4.86 89.18
29-Dec 3.22 1.06 4.67 88.46
30-Dec 3.13 1.05 4.2 89.12
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Table B2: Composition of steam reformer outlet (B 101)
H2% 02% N2% C02 % CH4 % CO% CO+C02
66.48 0.05 0.14 10.76 12.78 9.79 20.55
66.09 0.06 0.18 10.85 12.88 9.94 20.79
66.62 0.03 0.08 10.59 12.73 9.95 20.54
66.18 0.04 0.11 10.69 13.1 9.88 20.57
65.88 0.03 0.07 10.82 13.45 9.75 20.57
66.31 0.02 0.06 11.11 13.02 9.48 20.59
66.24 0.03 0.08 11.33 12.96 9.36 20.69
66.5 0.03 0.07 10.91 12.65 9.84 20.75
66.24 0.14 0.43 11.13 12.34 9.72 20.85
67.13 0.03 0.06 11.14 12.16 9.48 20.62
66.66 0.04 0.11 11.26 12.45 9.48 20.74
66.36 0.03 0.06 11.48 12.57 9.5 20.98
66.27 0.03 0.06 10.79 13.15 9.7 20.49
66.58 0.05 0.11 10.79 12.67 9.8 20.59
66.73 0.04 0.09 10.73 12.51 9.9 20.63
66.92 0.04 0.09 10.54 12.27 10.14 20.68
66.87 0.04 0.09 10.54 12.36 10.1 20.64
66.8 0.05 0.12 10.59 12.37 10.07 20.66
66.57 0.04 0.09 10.63 12.55 10.12 20.75
66.89 0.04 0.1 10.6 12.25 10.12 20.72
66.19 0.06 0.15 10.81 12.72 10.07 20.88
66.15 • 0.12 0.36 10.73 12.53 10.11 20.84
66.67 0.03 0.06 10.43 12.58 10.22 20.65
66.18 0.04 0.08 10.77 12.66 10.27 21.04
66.72 0.03 0.04 10.66 12.43 10.12 20.78
66.74 0.04 0.08 10.64 12.32 10.18 20.82
66.97 0.03 0.04 10.46 12.28 10.22 20.68
67.35 0.04 0.07 10.55 12.14 9.85 20.4
66.53 0.05 0.1 10.63 12.64 10.05 20.68
66.43 0.04 0.09 10.67 12.9 9.87 20.54
66.84 0.04 0.08 10.61 12.18 10.25 20.86
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Table B3: Composition of autothermal reformeroutlet (R 101).
H2% 02% N2% C02 % CH4 % CO% SN
67.95 0.21 0.16 8.44 2.48 20.76 2.04
68 0.2 0.12 8.5 2.68 20.5 2.05
68.05 0.21 0.11 8.41 2.59 20.63 2.05
67.82 0.21 0.11 8.42 2.77 20.67 2.04
67.61 0.2 0.09 8.52 3.05 20.53 2.03
67.75 0.21 0.05 8.77 2.92 20.3 2.03
67.68 0.2 0.07 9.14 3.03 19.88 2.02
67.62 0.2 0.11 8.78 2.92 20.37 2.02
67.83 0.21 0.14 8.85 2.62 20.35 2.02
68.15 0.24 0.18 8.9 2.48 20.04 2.05
68.02 0.21 0.11 9.07 2.64 19.95 2.03
68.04 0.22 0.12 9.13 2.45 20.04 2.02
68.35 0.19 0.06 8.35 2.78 20.27 2.10
67.83 0.24 0.23 8.45 2.67 20.58 2.05
68.15 0.21 0.08 8.54 2.64 20.38 2.06
68.34 0.22 0.11 8.32 2.46 20.55 2.08
68.67 0.21 0.06 8.2 2.54 20.32 2.12
68.14 0.22 0.09 8.37 2.58 20.6 2.06
67.92 0.23 0.08 8.38 2.71 20.68 2.05
67.94 0.23 0.06 8.48 2.58 20.71 2.04
67.75 0.22 0.07 8.45 2.79 20.72 2.03
67.87 0.23 0.11 8.45 2.51 20.83 2.03
67.78 0.22 0.12 8.39 2.74 20.75 2.04
67.6 0.24 0.15 8.44 2.68 20.89 2.02
67.97 0.21 0.06 8.43 2.68 20.65 2.05
68.1 0.21 0.08 8.4 2.53 20.68 2.05
68.04 0.22 0.07 8.33 2.67 20.67 2.06
67.97 0.25 0.09 8.43 2.72 20.54 2.06
67.77 0.24 0.11 8.51 2.7 20.67 2.03
67.96 0.24 0.1 8.42 2.71 20.57 2.05




Over all material balance around D103 and BlOl:
Table.1: composition of natural gas and stem reformer outlet:
stream CH4 % H2% C02 % CO% 02%
Pure natural
gas




12.5 66.5 10.6 10 0.4
Using the correction factor to convert to volumetric flow rate:
Mass flow rate = normal volumetric flow rate * molecular weight / 22.414
Fi= natural gas flow rate to D103 = 31200 Nm3/h
S, = steam flow rate to D103 = 52000 kg/h = 64751.5 Nm3/h
S2 =steam flow rate to BlOl = 82000 kg/h = 102108.5 Nm3/h
P= out put flow rate ofBlOl =F,+ Si +S2 = 198060 Nm3/h




B C02 0.106*198060=20995 Nm7h
BCo= 0.1*198060=19806 Nm7h
BCH4 = 0.125*198060=24757 Nm3/h
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Pure natural gas flow rate to R101 =28800 Nm3/h
F'ch4= methane flow rate in the natural gas stream =0.885*28800 =25488 Nm3/h
.3,Oxygen flow rate to R101 = 25500 NmJ/h
Steam flow rate to R101 = 8044 + 3381 kg/h
14226 Nm3/h
The total flow rate of CH4 = 24757 + 25488 = 50245 Nm3/h
The total flow rate of 02 to R101 = 25500 + 100 = 25600 Nm3/h
[O2/CH4 = 0.51]
Total flow rate to R101 = steam reformer outlet + NG + oxygen + steam
= 198060 + 28800 + 25500 + 14226
= 266586 Nm3/h
ence, the flow rate ofeach component to the autothermal reformer is as the following:
FCH4 = 50249 Nm3/h
F02 = 25600 Nm3/h
FH2 =131710 Nm3/h
FCo2 = 20995 Nm3/h
Fco = 19806 Nm3/h
Total flow rate to R101 (kg/h) = 266586 * 13.81/22.414
= 164252 kg/h
Total flow rate to R101 (kmol/h) = mass flow rate / average molecular weight
= 164252/13.81
= 11893 kmol/h
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Mole fraction of the components:
xCH4 = 50245/ 266586 = 0.188
x02 = 25600/ 266586 = 0.096
xH2= 131710 / 266586 = 0.494
xC02 = 20995 / 266586 = 0.079
xco^ 19806/ 266586 = 0.074
Xsteam = 14226 / 266586 = 0.053
Then:
FCH4= 0.188* 11893 = 2236 kmol/h
F02 = 0.096* 11893 = 1142 kmol/h
FH2 =0.5*11893 = 5946 kmol / h
FC02 = 0.079 * 11893 = 940 kmol / h
Fco = 0.074 * 11893 = 880 kmol / h
Fsteam = 0.053 * 11893 = 630 kmol / h
The pressure of the feed = 30 bar
FromRault's law
Pi=P*Xi
Where Pj is the partial pressure ofcomponent i, P is the total pressure, and Xj is the mole
fraction of component i.
Pch4 = 30* 0.188 = 5.64 bar
P02 = 30 * 0.096 = 2.88 bar
PH2= 30* 0.494=14.82 bar
Pco2 = 30 * 0.079 = 2.37 bar
Pco = 30 * 0.074 = 2.22 bar









RlOl output flow rate = 198060 + 28800 + 25500 + 14226
= 266586 Nm3/h
= 11893 kmol/h
Output flow rate of the components:
F'CH4= 0.025* 266586 = 6665 Nm3/h
F'02 = 0.0021 * 266586 = 560 Nm3/h
F'co= 0.205 * 266586= 54650 Nm3/h
F'co2= 0.085* 266586 = 22665 Nm3/h
F'H2 = 0.68 * 266586 = 181278 Nm3/h
In term of molar flow rate:
F'CH4= 0.025 * 11893 = 297 kmol/h
F'02 = 0.0021 * 11893 = 25 kmol/h
F'Co= 0.205*11893 = 2438 kmol/h
F'C02= 0.085 * 11893 = 1011 kmol/h
F'H2 = 0.68 * 11893 = 8087 kmol / h
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Reactor parameters:
Reactor diameter (d) = 3.62 m
Cross sectional area (A) = 7i/4 *d2 = 10.287 m2
Gas velocity (u) = volumetric flow rate / A
= 7.199 m/s
Catalyst density = 1970 kg/m3
Average Gas density = 3.894 kg/m3
Average Heat capacity (Cp) = 3.206 kJ / kg.K
Appendix
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Dg = 3.8 94;
% gas heat capacity
Cp = 3 .206;
% reactions enthalpy
AH1 = -803;





































% Energy equation (At expreses the temperature deviation)
At=(Db / (u*Dg*Cp) * (.05 * rl * AH1 + .07 * r2 * AH2 + .06
* r3 * AH3 + .7 * r4 * AH4))*Az;
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